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ABSTRACT

Continuous flow chemistry is a rapidly developing branch in organic and drugs synthesis, whereas it
is common practice in heterogeneous catalysis for base chemicals production. Heterogeneously
catalysed synthetic protocols are being developed and can take advantage of the reaction and reactor
engineering experience at the macro-scale, provided that suitable models are applied to the micro-
and meso-reactors in use. The main process parameters that define possible mass, heat and
momentum transport limitations in heterogeneous catalytic reactors are reviewed. Specific models
applying such concepts to microreactors are proposed. Finally, examples are reported of

heterogeneously catalysed reactions carried out in microreactors for different applications.
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1- INTRODUCTION

Reactions in continuous mode constitute a well consolidated approach when dealing with
heterogeneous catalysis in the petrochemical/refinery/energy field. By contrast, fine chemicals and,
more in general, organic synthesis, typically rely on a batch reaction mode. However, in the recent

past, continuous flow synthesis raised the attention also in the drug and fine chemicals synthesis,
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especially thanks to the development of meso- and micro-reactors. The latter are increasingly
available as modules with different sizes and complexity, which have been scaled up or numbered up
to an industrially relevant scale. Many very interesting reviews cover widely different applications
and reaction classes, such as [1-9].

The advantages of continuous flow organic synthesis are very broad and vary from selectivity or yield
improvement to safety issues. Batch processes are advantageous due to their versatility, flexibility
and traceability, but scale up is sometimes hard when important heat and mass transfer issues may
severely limit productivity, selectivity or safety.

Continuous processes are often more efficient and demand lower manpower due to highly
automatized procedures. Furthermore, they are typically characterised by lower costs, reduced wastes,
with an improved environmental footprint, decreased time-to-market for new drugs and products
[10,11].

Safety improvement is also widely reported. Due to the small size and very efficient and fast mixing,
transport limitations are limited with respect to batch reactors. Therefore, very fast and exothermal
reactions can be better carried out in microreactors in a much more controlled way. Intrinsically safer
conditions are also guaranteed by the very small reactants/intermediates amount circulating in the
system. This broadens the choice of reactions to give the desired product or intermediate to options
that would not be selected in a bigger apparatus due to toxicity, instability, etc. Sometimes those
options may lead to improved yield or lower environmental impact than conventional routes.
Improved mass transfer brings about advantages also from the point of view of selectivity and yield
[12].

Very comprehensive reviews have been published, which include numerous examples of organic
reactions in continuous mode. However, some asynchrony has been recently evidenced in this field
[7,13]. On one hand, there is an explosive interest on continuous flow synthesis using micro- or meso-

reactors, with focus on the synthetic details. On the other hand, only in some, very inspiring cases,



the chemical reaction engineering, reactor engineering and transport phenomena issues are taken into
account. This mismatch seems critical for scale up, optimisation and technology transfer.

When heterogeneous catalytic reactions are taken into account additional criticisms arise, because
heat, mass and momentum transfer can play a predominant role and all these features should be
correctly tackled for proper reactor and industrial process sizing. Additionally, while industrial
catalytic packed bed reactors can take advantage of a known dependence of performance on size and
shaping of the catalyst particles, in microreactors porous monoliths or powdered beds are used, which
introduce new problems when defining fluid dynamics and transport phenomena.

More in general, a cultural mismatch seems evident. When micro or mesoreactors are used for base
chemicals production, for environmental remediation or in the energy field, the typical concepts of
industrial heterogeneous catalysis (e.g. heat transport across the catalytic bed, pressure drop
estimation, intra- and extra-particle mass transfer issues) are appropriately transferred to the desired
scale. In many cases, specific correlations are used or developed to estimate the required parameters,
as will be exemplified in the following. On the contrary, when heterogeneous catalysis is applied with
success to drugs, intermediates or fine chemicals synthesis, these points are often missing, leading to
a description which is mainly phenomenological, thus limiting technology transfer or scale up
possibilities to experimental optimisation. Thus, the study from a chemical engineering point of view
of all these new reacting systems should be tackled carefully, opening a very promising,
multidisciplinary field of study. The topic is further complicated by the fact that multiphase systems
are intrinsically present (gas/solid, liquid/solid and even gas/liquid/solid) and that the catalytic action
can take place only after adsorption of the reactants and includes safe desorption of products on/from
the active sites over catalyst surface. Hence, appropriate mass transfer and kinetic models have to be
applied.

On this basis, this review points out some engineering milestones that should be considered during

the design of heterogenerously catalysed organic synthesis in continuous mode. Particular attention



will be focused on modelling the relevant transport phenomena and catalytic (micro-/meso-)reactors.

Applicative examples will be discussed across the text.

2 - Heterogeneous catalytic microreactors

Heterogeneous catalytic reactors can be classified into three main types: i) packed bed, ii) wall coated
and iii) micro-monolithic [14] (Fig. 1).

They can usefully find application in the case of very slow or very fast kinetics. For instance, Grignard
reactions can generate a very intense hot spot which limits the yield, besides inducing safety issues.
The efficient heat transfer and the possibility to design multi-injection systems lead to better
temperature control in microreactors. Intrinsically safer operation is also guaranteed, such as in the
case of acetone cyanohydrin synthesis, used as source of HCN [15].

Packed bed microreactors are among the most used, due to easy assembly, high possible catalyst
loading. Nevertheless, heat and mass transport limitations can easily occur and significant pressure
drop can arise [14,16].

Preliminary calculations, paying attention to transport phenomena, can be used in order to ensure the
operability of the reactors. Appropriate description of mixing, residence time distribution and
heat/mass transfer is needed for scale up and optimisation. Plug flow behaviour and short mixing
times could be confirmed for all investigated flow reactors. Furthermore, interactions of reaction

kinetics and the formation of hot spots in the reactor channel should be investigated.

2.1 — Modelling transport phenomena in heterogeneous catalytic reactors

2.1.1 — Mass transfer

Mass and heat transfer must be computed at the surface and in the catalyst particle. In microreactors,
the reduction of size can modify the transport rate, and thus its effect on the apparent kinetics has to
be checked. An additional question also arises, whether the correlations developed for classic reactors

are also applicable to microreactors.



Mass transport includes the diffusion of the reactants/products across the surface layer of fluid around
the catalyst particle, as well as, through the porous network of the catalyst. The former is called

external or extra-particle diffusion, the latter internal or intra-particle.

2.1.1.a — External mass transfer

External mass transport rate is proportional to the difference between the reactant concentration in
the bulk of the fluid and on the surface of the catalyst particle (more in general on the interphase).
N, = kg (Ca — Cyus) (E1)
where Na is the molar flowrate of reactant A (kmol/m? s), kg is the mass transfer coefficient and
CalCas are reactant concentrations in the bulk of the fluid and on catalyst particle surface.

The reaction rate depends on the concentration of the reactant available on catalyst surface sites, so
that, under steady state conditions, the reaction is either limited by the reaction rate itself, or by the
reactant refill rate to the surface (e.g. at high temperature or with anyway fast reactions). The two
resistances can be considered in series to give the following equation in the simpler first order

reactions case:

-1

where ra is the observed reaction rate and k; the intrinsic kinetic constant (for 1% order reactions).
Two dimensionless numbers are defined to account for the effect of external mass transport, the first

(Da)) and second (Day) Damkohler numbers:

Da; = k,.CJ 't (E3)
Da,, = k& (E4)
= s,

where Co is the initial concentration, n is the reaction order, t the contact time and Sa the specific
surface area. Dimensionless numbers are useful to define correlations between the characteristic
parameters that define a certain phenomenon, which depends on many variables. Grouping them into

dimensionless groups allows to decrease the number of independent correlations to be established



among parameters. Furthermore, the correlations are typically independent from the size of the
system. This is a huge advantage, since it allows to derive models on a small scale, to be applied to a
full scale plant. The approach is powerful and it is based on different methods that allow the
determination of the number and the form of the groups that fully describe the system. The correlation
between the dimensionless groups is derived from the fit of experimental data. However, caution is
needed in the selection of the model, because its mathematical form is based on the correlation of
data, thus it is strictly valid only in the range of values used during the experimentation. Extrapolation
outside these limits is particularly not recommended.

In this specific case, Da; is useful for appropriate calculation of kinetic parameters, which are
determined within 10% error due to external mass transfer limitations if Da; < 0.1. By contrast, Day
compares the numerator, which depends on reaction rate, with the transport rate at denominator. High
values of Day denote a reaction which is limited by external mass transfer.

kg can be calculated from the experimental correlation of dimensionless numbers according to
Satterfield [17,18]. Three dimensionless numbers are defined, namely Reynolds (Re), Schmidt (Sc)

and Sherwood (Sh) and the latter is correlated to the former two by fitting experimental data.

Sh= 2 (E5)
AB
_ u
Sc = D (E6)
Re = —DP;’“S (E7)

where Dy is the diameter of the catalyst particle, Dag is the diffusion coefficient of reactant A in the
reaction medium B, while p and p are the fluid density and viscosity, respectively. Furthermore, us is
defined as superficial velocity of the fluid, a virtual fluid velocity value to be calculated as the
volumetric flowrate and the reactor section as it would be empty (given that the real free cross section
available for the motion of the fluid is not known).

Various empirical correlations have been derived, with the general formulation:

Sh = f(Re,Sc) (E8)



so that for a given fluid, particle and fluid dynamic regime, these equations allow to calculate the
external mass transfer coefficient. It should be remarked that Sc accounts for all the fluid properties
that affect mass transport, whereas Re define the fluid dynamic regime of the fluid around the catalyst
particle. From a practical point of view, it is suggested to improve mass transport by achieving a
turbulent flow regime whenever possible, so to drive the reaction under kinetic control, rather than
diffusional.

Most important, as mentioned above, the correlations between dimensionless groups are based on
experimental data. Thus, they are strictly correct for use with similar systems, only, and in comparable
operating conditions window. This is the reason why reasonable doubts arise when conventional
correlations, derived for macroscopic reactors, are applied to microreacting systems, apparently

without an adequate check.

2.1.1.b — Internal mass transfer

Additional limitations to reaction rate arise from the diffusion of the reactants and products inside the
catalyst pores (internal diffusion). This is particularly relevant in the case of very thin pores (e.g.
when using carbon supported catalysts, as in many heterogeneously catalysed organic reactions) or
sterically hindered reactants. More in general, this phenomenon can limit significantly Kinetics in the
case of shaped particles with relatively high Dy, whereas it is often negligible with powdered catalysts
used in bench scale testing.

An effective diffusivity (De) can be calculated, by summing the possible resistances to internal

diffusion, i.e. bulk and Knudsen diffusion coefficients (Dy and D) [17,18].

r_1,t (E9)

D Dy Dy
Indeed, when a reactant diffuses into the pores, two extreme behaviours may be evident: either the
molecule is much smaller than the pore, so that the collision with other molecules is more frequent
than with pore walls, or it has comparable size with the pore diameter. In the latter case, diffusional

limitations arise from the more frequent collisions of the molecule with the pore walls. Both diffusion



coefficients depend on the porosity (6) and the pore tortuosity factor (t), given that high porosity

should favour mass transfer, while tortuosity hinders molecule transport inside the pores.

D, = 2as® (E10)

T

" |T (E11)

TSapp\N M

D, = 1.9 x 10*

Where py is particle density, T the temperature and M the molecular mass of the diffusing molecule.
The rigorous solution of the problem is found by coupling the mass and heat balances to an
infinitesimal volume of catalyst particle. The two balances should be considered at once, because
both the concentration and the temperature affect the reaction rate and, thus, they mutually interfere.
However, from the practical point of view, the solution implies the definition of the effectiveness
factor (n), which is the ratio between the real rate of reaction (i.e. limited by internal diffusional
limitations) and the theoretical rate if the whole particle would be uniformly exposed to the same
surface concentration (i.e. no internal diffusional limitations). The effectiveness factor is either
graphically or analytically correlated to the Thiele modulus (®), which compares a numerator
depending on the reaction rate and a denominator which depends on the effective diffusivity, i.e. on
how fast is the internal diffusion rate. This ratio is weighted according to a characteristic length L,
which represents the particle volume/exposed area and reduces to the particle diameter in the case of

spherical particles.

o= [KCds” (E12)
D,

when diffusion is faster than reaction rate and/or the particle characteristic length is small (i.e. small
particle size), @ is <1, corresponding to an intrinsic Kinetic regime without internal diffusional
limitations. In this case the effectiveness factor is 1. By contrast, when the reaction is intrinsically
faster than internal diffusion, or when the diffusion path is long, the Thiele modulus becomes great
and the effectiveness factor significantly decrease. Overall, the effectiveness factor should be used to

compute the real reaction rate as follows (always for 1% order reactions):



Ty =nk,Cy (E13)

The possible decrease of reaction rate (n < 1) is taken into account to correctly size the process.
However, it should be remarked that in case of endothermal reactions n is always < 1, whereas for
exothermal reactions, in case of significant thermal excursion across the particle (hot spots), solutions
with n1 > 1, often multiple solutions, are also possible. The correlation between n and @ depends,
among other factors, on the particle shape. For instance, in the case of spherical particles and first

order reactions the analytical solution is

3 1 1
n= 5 [tanh(cb) - g] (E14)

Different models were derived. A comprehensive description of the different geometry cases is

presented by Green and Perry [19], while a good discussion on the case of structured and monolithic

reactors is proposed by Cybulski and Moulijn [20].

2.1.2 — Heat transfer

The heat transport is qualitatively addressed in the same way as mass transfer. The interphase heat
transport under steady state conditions prescribes that the heat absorbed/released from the catalyst
particle due to the reaction is furnished/released by convection through the following equation:
(=AHyeqction)a = ha(Ts — T) (E15)
where h is the liminar coefficient (describing convective heat transport), while a is the exposed area
per unit volume of the catalyst particles. Also in this case h can be obtained by proper definition of
dimensionless numbers and correlation of experimental data. In this case the relevant numbers are

the Nusselt (Nu) and Prantl numbers (Pr):

Nu = h% (E16)
pr =22 (E17)

Where A is the thermal conductivity and c, the heat capacity.



Correlations of the general type below reported are available for different reactors and conditions,
which enclose the dependence of h from the fluid properties (Pr number) and from the fluid dynamic
regime (Re number):

Nu = f(Re, Pr) (E18)
Exactly as in the case of mass transfer these are strictly empirical correlations, valid only for the
specific case they refer to and in the operating limits for which they were derived. Thus, also in this
case, appropriate models should be derived for micro- and meso-reactors.

Finally, the mechanism of heat and mass transport are very similar in nature, so that correlations exist
between the different dimensionless numbers. For instance, the Chilton Colburn analogy was

introduced [21], of which one of the proposed forms is:

Nu = Sh (g)l/3 (E19)

2.1.3 — Friction losses
Additionally, attrition within the fluid and with the channel/reactor walls brings about energy
dissipation, which results in pressure decrease. Pressure drops in fixed bed catalytic reactors are

typically computed using the Ergun equation, for which a conventional formulation is:

_)2 2(1-
= 150480 4 17520500 (E20)

p &3 Dpe3
where L is the packed bed length and Dy’ is an equivalent spherical particle diameter of the catalyst
and ¢ the porosity of the catalyst bed, defined as the void fraction with respect to the total volume of
the catalyst bed.
Relatively similar expressions can account for microreactors, although, given the very small channel

diameters, surface tension effect may influence.

3 — Modelling transport phenomena in microreactors



3.1 — Packed bed microreactors

Specific models for packed bed microreactors have been developed to account for ke, such as [22,23]:

0.58 5.8y 1/5.8
ke(Dp+28) _ (L)l/ 3] (E21)
De

25.8 +
De

061 <s%(Dp+26)4/3)
%

Where 4 is the catalyst shell thickness, € the power input to the impeller and v the kinematic viscosity.

As alternative [24]:

1.043 0.95

€la = povez T zp0me (E22)
Ja =£8c?? (E23)
Re = P¥Pr+2%) (E24)

ue
Where ¢, in this case, is the bed porosity. Alternatively, the influence to mass transfer rate of laminar,

turbulent and stagnant contributions has been formalised as follows:

1 1
Sh = (1.26Re35¢3 ) + (0.054Re®®Sc®*) + 0.8Re"? (E25)

Or again [25,26], valid for packed beds with 40<Re/(1-£)<4000, 0.25<g<0.5:

_ .5
sh = 079% pposge1/s (E26)

&

Correlations for heat transport are usually more complex and rely of two different approaches. On
one hand the liminar coefficient is calculated as the sum of a flow dependent and a stagnant
contribution. Correlations relying on Nu, Re and Pr numbers are used also in this case. Following a
different approach, the Biot number is defined and correlated with Re and with the relevant
parameters for each case. Examples for the interested reader are reported in ref. [27,28].

To compute pressure drop, the Ergun equation seems appropriate also in the case of packed bed

microreactors.

3.2 —Wall coated microreactors



Wall coated microreactors are used to avoid excessive pressure drop, which sometimes prohibits the
use of packed bed microreactors. The set up of such systems is more complex than packed bed, since
a uniform, thin coating should be achieved on the microchannel(s). Lower catalyst loading is typically
allowed in this configuration. In this application, the definition of reactants convection and diffusion
across and along the channel is compulsory, to understand the concentration profiles and to calculate
the reactants concentration on the active catalyst layer on the wall.

Wall coated reactors can be constituted by single channels or multichannel systems with various
shapes [29], such as honeycomb monoliths. Radial mass transport limitations on the conversion have
been studied by comparing a wall coated with a fixed bed microchannel reactor [30,31]. To limit
radial diffusion and achieve a quasi-plug flow regime, the empty space in the microchannel was filled
with large particles Dy/Duwne=0.4 (Fig. 2).

In this configurations the modelling of Kinetic + transport becomes a must to predict reactor
behaviour. 2D models are needed to cope with the axial and radial concentration profiles in the
channel. Moreover, kinetics should be appropriately described making a distinction between
homogeneous Kinetics (pseudo-homogeneous models, which consider apparent kinetic terms and
neglect surface adsorption and reaction) or the often most appropriate heterogeneous models, which
consider different concentrations in the fluid bulk phase and on the catalyst surface. Depending on
the reaction rate and/or on its hexothermicity pseudo-homogeneous models may be insufficiently
accurate. On the other hand, the numerical solution of these problems is based on the definition of a
grid and on the approximation of the differential equations which describe kinetics, mass, heat and
momentum transport in a finite differences scheme. This implies that heterogeneous models
substantially double the variables and hence prohibitively increase the computational demand for a
reliable solution in complex kinetic schemes.

The logical frame of the problem is reported in Fig. 3 and examples of concentration and thermal
profiles in the case of wall coated channels are reported in Fig. 4. The latter refer to a first order

reaction occurring on a catalytic wall at constant inlet conditions. The Figure evidences the effect of



the Kinetic constant (rate of reaction) on the radial and axial profile of the reactant concentration, as
well as the effect of channel radius [I. Rossetti, unpublished results].

The main design parameters for microchannel reactors [32] have been expressed as 4 dimensionless
numbers: the Graetz number, the inlet Day , the diffusion ratio and a parameter related to catalyst

geometry. Specific correlations to compute kg are available for microchannel reactors, such as:

kg = 1.66Re%45¢033 248 (E27)

where b is defined as a boundary layer thickness. Catalyst effectiveness has been also correlated to

the Thiele modulus as described in [33,34], while correlations for Nu are reported in [35]:

3 3 RePrDR) /3 ’ 2 N6 [repron|
Nu =1{3.66% + 0.73 + |1.65 (*22%) " — 0.7| +|( ) (E28)

1+22Pr L

with Dh the hydrodynamic diameter of the channel.
Considerable efforts have been focused on the description of honeycomb monoliths, which can be
regarded as arrays of microchannels. Nice examples for Sh correlations are reported in the literature,

e.g. [25,36-38], whereas for Nu [39]:

d 0.45
Nu = 2.9 (1 + 0.09RePr (Z)) (E29)

Pressure drop correlations should account for wall friction, acceleration in the gas phase, orifice
effects at the inlet and the contribution of the gas-liquid distributor. A summary of models has been
reported in [40].

The friction factor can be calculated as [41]:

14.23

f =" (=20
T=(2) (E31)
Alternatively [25]:

f=2 for = <1000 (E32)
f = o for <> 1000 (E33)



3.3 — Micromonolithic reactors

Finally, micromonolithic reactors are used, that may be generated inside pipes, channels or columns
e.g. by polymerisation of a porous network, onto which the active phase may be immobilised. This
field is on one hand in very rapid expansion, due to the huge interest and spread in organic flow
synthesis, but modelling studies are very rare. In part this is due to the very irregular structure of the
matrix, but also to lacking kinetic data and to a descriptive approach which is often predominantly
phenomenological.

A simplified structure of the pores network was proposed for foams [41], with the following

correlations for Sh and Nu:
1
Sh = 1.1Re®*3Scs (E34)

1
Nu = 0.9Re**Prs 10 < Re < 100 (E35)
This approach seems interesting and rational, so it is highly recommended to adapt it to newly
developing micromonolithic reactors. In any case, suitable models to describe the performance of

these reactors are substantially lacking, thus it is an almost virgin field of investigation.

3.4 — Scaling-up or numbering-up

Increase of capacity in microreactors is feasible by coupling different strategies. At first microreactors
size can be increased and operating conditions optimised up to the meso-scale. The flowrate per
channel at this level can range from 10 to 1000 L/h. Additional capacity is hardly achieved without
loosing the important features of these systems, e.g. mass and heat transfer enhancement, safety, etc.
In order to further improve productivity to the desired pilot or commercial level such systems are

“numbered-up”, by connecting modular units (5-6) [42].

4 — Modelling the flowpatterns in microreactors



Computational Fluyd Dinamics (CFD) is a computational approach which allows the accurate
description of flow patterns inside the microreactor, as well as concentration and temperature profiles.
Clearly, this is an important information in light of optimising the performance of these systems.
Some nice examples of application of CFD to microfluidic systems are reported in the literature, in
order to demonstrate the effect of channel sizes and geometry to improve mixing or heat transport
(see e.g. [43-50]). The application to reacting systems is less frequent and rarely applied to organic
synthesis, likely due to lacking details on Kinetics.

An example of the potentials of the CFD approach in catalytic microreactors is proposed by studying
a microcombustor, which catalytically converts H, over a Pt based catalyst [49]. Catalytic
microcumbustors extend the flammability region, can lead to more stable operation than
homogeneous devices and allow process intensification with more tunable and controllable output, to
be designed for tailored applications. Actually, they exceed the energy density of traditional lithium
batteries for portable energy generators. A microcombustor channel is modelled, including
homogeneous ignition near the catalytic wall and flame propagation towards the channel axis. Despite
the small channel size, considerable mass transfer limitation is evident and it must be addressed with
improved design, due to the extremely fast hydrogen oxidation over Pt. The thermal uniformity and
heat losses depend on the combustor material (thermal conductivity), feed composition and flow rate,
as exemplified in Fig. 5 and 6 [49].

The oxidation of volatile organic compounds, with propane as reference, was modelled by CFD in a
multichannel microreactor with different size and geometry. The application of microreactors to
exothermal and fast reactions such as combustion, allows also for this application better control of
the system and thus higher efficiency. The flow uneven distribution in the inlet, channels and outlet
induce different conversion levels, but also possible risks for runaway. At first, the fluid dynamics
has been described for cold flow, to understand which geometry and size could lead to even flow

distribution [44]. In case flow non-uniformities can generate a local hot spot and consecutive thermal



runaway of the reactor, a conservative definition of the flow uneven distribution should include

minimum and maximum values with respect to the nominal flow rate as follows.

) __ max(F)—min(F)

TS
Uneven Distribution (% )

x 100 (E36)

Where F is the vector describing flowrate through the n microchannels. Otherwise the standard

deviation with respect to the average flow (F) can be set as descriptor:
/2?=1(F—ﬁ)2
”T‘l x 100 (E37)

The deviation steeply increases with channel number and depends on the shape, more than the size

Standard deviation =

of the distributor and outlet chamber. A 3D reacting model was then developed, considering the
kinetics od propane oxidation and assuming channels geometry as wall coated cylinders with a thin

layer of Cr/Al,Os catalyst.

5 - Case histories of heterogeneously catalysed microreactors

5.1 — Multistep integrated modules

Several examples of continuous flow multistep reactions, often catalytically mediated, have been
recently reviewed [8,51]. Very versatile configurations of micromixers, microreactors, heaters,
pumps, membrane separators, etc. were connected in parallel or in series to illustrate the production
of a variety of compounds [52,53], among which many different Active Pharmaceutical ingredients
(APIs). Particularly interesting examples are the routes to Ibuprofen and Artemisinin, an antimalarial
drug because such reactions were object of detailed process simulation and scale up studies [10,54].
A compact but yet comprehensive description of multistep units is discussed by K. Jensen [9]. In that
review the author very well highlights the evolution of microreacting systems from pioneering
systems including only micromixers and very basic microreactors, to the present highly automated
units for industrial scale production of drugs. Appropriate materials for piping and reactors are now

employed to improve resistance to organic solvents and avoid fouling (e.g. Teflon pipes), with



optimised size and geometry to achieve appropriate dispersion and phase mixing. Separation and
work up modules are connected with the reacting system, with preferable use of liquid-liquid
extraction, which is less energy demanding than distillation. Automated, small scale, gravity based
separation units are available. Membrane separation is efficiently employed to favour separations
between aqueous and organic phases, while some limits are evidenced for solid separation units. The
things become more difficult in the case of heterogeneously catalysed reactors, due to the need of
multiphase characterisation of flow and to the much larger influence of surface tension, which
enhances the possible liquid hold up (if relevant) with respect to macrosized systems. Automated
operation and optimisation algorithms are also discussed [9], which however should rely on accurate
and fast analytical tools, e.g. UV-Vis, FT-IR spectroscopy and very fast HPLC, mass spectrometers
and NMR tools. Versatile, fully automated systems are finally described, such as a modular unit
“Pharmacy on-demand”, that produces 100 doses/day of diphenhydramine hydrochloride, lidocaine
hydrochloride, diazepam (Valium®) and fluoxetine hydrochloride (Prozac®).

Nice examples of multistep synthesis of various classes of drugs have been reviewed [55] with
emphasis of the control logic. Integrated systems allow the one-step (“telescopic”) production of
complex molecules by sequential addition of reactants without need of intermediate separation. In
many other cases separation units are needed, e.g. to separate the desired phase or isomer, to change
solvent or to eliminate interfering byproducts. Integrated modules can be used, where automation can
belong to any of the following complexity level. At first, in line systems of analysis permit to monitor
reactants, products and process conditions (temperature, pressure, pH, etc.). A second level is
optimisation, to improve the yield of the desired product, which may be achieved following a Design
of Experiments (DoE) approach. The system follows appropriate algorithms to select the optimal
conditions, but the application of this tools to multistep processes is often too complex. Even in single
step systems, if the number of experiments exceeds 20-25, separate kinetic modelling is preferable,
followed by optimisation [56]. The third level of automation complexity is likely the most important

for the industrial scale up and includes a control logic extended to the whole system. This aims to



keep the plant under steady state conditions and to predict its evolution following possible
perturbation. It is very important not only to guarantee reproducible productivity, but also for safety
reasons. Dynamic simulation is a fundamental tool to this aim. A fundamental step is the selection of
the appropriate control variable and the design of the control logic of the system. Comprehensive
examples for the production of many drugs are discussed in [55]. One example is the synthesis of
olanxapine, a drug for bipolar disorder and schizophrenia, which include 4 reactors, inline extraction
and filtration [57] (Fig. 7). Accordingly, the synthesis of (£)-Oxomaritidine is described and a series

of fixed bed reactors optimised accordingly [55,58] (Fig. 8).

5.2 — Organometallic and enzyme-catalysed reactions in organic synthesis

Enzymes are very active and selective as catalysts, but hardly usable in batch reactors due to recovery
and recycle problems. Immobilisation strategies should be proposed and one straightforward example
has been introduced by loading w-transaminases on silica monoliths, with very high void fraction to
minimise pressure drop, to be loaded in microreactors. The choice of silica is appropriate being a non
toxic compound, inert, quite inexpensive and highly surface functionalised, so to allow enzyme
anchoring. The monoliths were used for the production of chiral amines as precursors for drugs [59].
50% product yield was achieved by packing 8 monoliths in series. The absence of diffusional
limitations has been checked by the authors and enantioselectivity was retained after grafting on the
support.

The enzyme-catalysed synthesis of biodiesel has been also reported in microreactors [42]. Here two
points are of major concern, i.e. the immobilisation of the enzyme and the promotion of an intimate
contact between the oil and methanol, that can be achieved in such devices thanks to efficient mixing.
Different examples are reported which confirm the validity of the approach in the case of the alkali
catalysed reaction. For instance, 98% soybean conversion was achieved at 60°C with contact time
180 s [60]. This result was further improved to 99.5% conversion at 56°C and 28 s contact time by

improving the microreactor configuration, with zig-zag channels and optimised micromixers [61].



Less positive results were reported for the lipase promoted process [62,63]. Conversion was limited
to 67%, likely due to accumulation of glycerol which inactivated the lipase. Connecting three
microreactors in series the conversion increased only up to 85%. A detailed economic assessment of
the enzymatic biodiesel production is also reported [42], which evidenced as expected the excessive
impact of the enzyme cost and of its immobilisation.

One of the key points is the selection of a suitable substrate for the enzyme, with suitable porosity to
limit the pressure drop and appropriate surface functions (e.g. diols) to graft the enzyme. A nice
example of a bio-microreactor with an organic polymer monolith is reported in [64]. The supporting
polymer was prepared from glycidyl methacrylate, glyceryl monomethacrylate and acrylamide
monomers, using the diethylene glycol dimethacrylate as crosslinker and the 1-propanol as porogen
solvent. The immobilisation procedure of trypsin and test reactions are also reported.

Au nanoparticles are active for many important redox reactions and their use is possible by
immobilisation over supports. Nanoparticles incorporation into protein cages allows their full
accessibility, while the surface functional groups of the protein permit stable anchoring in
microreactors channels. Testing has been carried out for the reduction of nitroarenes to amines as a
proof of concept [65].

The main problems in the use of homogeneous catalysts immobilised over supports are metal
leaching, swelling of the polymer supports (when relevant) and the progressive decrease of catalyst
performance due to deactivation. This may lead to insufficient life of the cartridges with consequent
ruling out of the process for economic reasons, since most of these reactions are carried out over
noble metal based catalysts [66]. Moreover, linking the organometallic catalysts or enzymes to a solid
support often results in decreased catalytic activity. In order to avoid such phenomenon, the
separation of homogeneous catalysts from the products stream can be done by nanofiltration
membranes. To do so, sterically hindered metal ligands are selected, so to increase catalyst size and

allow sharper separation [67,68]. Also in the case of metal-catalysed reactions, metal leaching can



occur, especially when the catalytic cycle involves oxidative- reductive reactions as for Pd catalysed
coupling [69].

Pd-catalysed allylic substitution reactions are used to build C-C, C—N, C-S, and C-O bonds with
high chemo-, regio- and stereoselectivities [70—72]. An example is the Tsuji—Trost reaction to add
functional groups in allylic position with high regioselectivity at the less-hindered carbon atom. The
reaction conditions have been optimised for the conversion of cinnamyl acetate and dibenzylamine
in ethanol with Pd/C, 10 wt.% as catalyst and triphenylphosphine. Various substituents have been
also tested under the optimised conditions, with high yield and mostly total selectivity to the desired
linear product [73].

C-C bond formation through cross coupling is often catalysed by Pd. Examples of Suzuki-Miyaura
reactions are reported in [74], which consist in coupling organoboron compounds with aryl, alkenyl
and alkynyl halides. Typically, a homogeneous approach is used, but heterogeneously catalysed
reactions were recently proposed [75]. The generally accepted mechanism implies that Pd(11), formed
by leaching of the heterogeneous catalyst, is the active species, through a quasi-homogeneous
mechanism. The reaction has been carried out both in homogeneous and heterogeneous mode in
continuous flow. Heterogeneous Pd-based catalysts are also commercially available for this reaction
(e.g. Pd/C), but leaching remains the major point. A library of reactions and products has been

recently proposed [76], as exemplified e.g. in Fig. 9.

5.3 — H-transfer and hydrogenation reactions

Hydrogen transfer reduction reactions have been tested by using a Pd/C catalyst [77]. This avoids the
presence of H, tanks to the in situ generation of gaseous hydrogen, which anyway results in a
multiphase system. Pd-based catalysts are very often used for reduction of various organic substrates.
A review of different types of catalysts for various applications is reported in [78].

Sugar alcohols are emerging interesting materials both for the food industry due to lower impact on

health than conventional sugars [79]. Their production is commonly based on hydrogenation of the



corresponding carbohydrates by enzymatic catalysis or heterogeneous catalysts. A comparison
between batch and continuous reactors has been proposed using molybdenum based and
phosphomolybdic acid catalysts in acidic form or as Ag or Cs salts. The heteropolyacid catalyst
performed better in the epimerisation of glucose to mannose with respect to bulk molybdenum oxide,
though Mo loss was a major issue in both cases. Different hydrogenation functions were also added
for alcohols production.

Selective hydrogenation reactions are becoming increasingly important to exploit biomass derived
raw materials. As an example, 5-hydroxymethyl furfural (HMF) is an important intermediate from
glucose or fructose derived from lignocellulosic biomass. It can be converted by hydrogenation to
different compounds useful as building blocks for polymers, such as 2,5-dihydroxymethylfuran
(DHMF) and 2,5-bis(hydroxymethyl)tetrahydrofuran (DHMTHF). Various heterogeneous catalysts
have been tested, including Ni and Cu Raney® [80]. High conversion (94%) and selectivity to DHMF
(84%) was obtained with Cu Raney® as a first reactions step at 90°C, 90 bar, 24 h-on-stream. The
second step conversion of DHMF to DHMTHF was performed over Ni Raney® but deactivation was
evident, though no significant leaching occurred.

Ni as active phase was loaded over magnetic magnetite particles and applied in a microreactor for the
reduction of 4-nitrophenol [81]. The application of an external rotating magnetic field induced a very

efficient local stirring and can be also used for particles recovery after the reaction.

5.4 — Oxidation reactions

The control of exothermal reactions such as oxidations is compulsory to improve selectivity in case
of partial oxidation products. Many different examples have been reviewed recently by Pennemann
et al. [82]. For instance, decreasing channel size and adopting a catalytic wall configuration is the key
to improve heat removal. A first example is the continuous production of H20; from H; and O
catalysed by Pt or Pt/Au supported over TiO>. Interesting applications are described for the on

demand production of 10% solutions of hydrogen peroxide [83]. The synthesis of ethylene oxide was



modelled in a silver plate microreactor [84] and the hydroxylation of phenol to hydrogquinone and
catechol was carried out in liquid phase by using titanium silicalite (TS-1) and H>O> [85]. The authors
observed catalyst deactivation operating with a microfixed bed, which was negligible when using
wall coated channels. Very high yields (89-99%) of benzylic, allylic and aliphatic aldehydes from the
corresponding alcohols was obtained over gold coated microreactor walls in a multiphase

microreactor under mild conditions and very short residence time [86].

6 - Conclusions

Heterogeneous catalysed reactions in continuous flow are a mature technology in the fields of base
chemicals/refinery/energy, whereas the description of the continuous flow synthesis of fine chemicals
and drugs is often based on phenomenological description and experimental optimisation. Specific
models are needed to account for transport phenomena in microreactors and their role in defining
productivity and/or safety. Starting from consolidated approaches used for macro-scale reactors,
appropriate models have been developed in some important cases. Nevertheless, stronger efforts

should be put in the definition of experimental correlations for a wider applications window.

References

[1]  J. Wegner, S. Ceylan, A. Kirschning, Flow chemistry - A key enabling technology for
(multistep) organic synthesis, Adv. Synth. Catal. 354 (2012) 17-57.
doi:10.1002/adsc.201100584.

[2] J. Wegner, S. Ceylan, A. Kirschning, Ten key issues in modern flow chemistry., Chem.
Commun. (Camb). 47 (2011) 4583-4592. doi:10.1039/c0cc05060a.

[3] V. Darvas, F.; Dorman, G.; Hessel, Flow chemistry, De Gruyter Textbook, 2014.

[4] D.. K.N. Hessel, V.; Kralisch, Novel Process Windows: Innovative Gates to Intensified and

Sustainable Chemical Processes, Wiley VCH, 2015.



[5]

[6]

[7]

[8]

[9]

[10]

[11]

[12]

[13]

[14]

[15]

[16]

L. Kashid, M.N.; Renken, A.; Kiwi-Minsker, Microstructured Devices for Chemical
Processing, Wiley VCH, 2014.

T. Wirth, Microreactors in Organic Chemistry and Catalysis, Wiley VCH, 2013.

I. Rossetti, M. Compagnoni, Chemical reaction engineering, process design and scale-up
issues at the frontier of synthesis: Flow chemistry, Chem. Eng. J. 296 (2016) 56—70.
doi:10.1016/j.cej.2016.02.119.

J. Britton, C.L. Raston, Multi-step continuous-flow synthesis, Chem. Soc. Rev. 46 (2017)
1250-1271. doi:10.1039/C6CS00830E.

K.F. Jensen, Flow Chemistry—Microreaction Technology Comes of Age, AIChE J. 63
(2017) 858. doi:10.1002/aic.

H.G. Jolliffe, D.l. Gerogiorgis, Process modelling and simulation for continuous
pharmaceutical manufacturing of artemisinin, Chem. Eng. Res. Des. 112 (2016) 310-325.
doi:10.1016/j.cherd.2016.02.017.

P.D. Morse, R.L. Beingessner, T.F. Jamison, Enhanced Reaction Efficiency in Continuous
Flow, Isr. J. Chem. 57 (2017) 218-227. doi:10.1002/ijch.201600095.

V. Hessel, D. Kralisch, N. Kockmann, T. Noél, Q. Wang, Novel process windows for
enabling, accelerating, and uplifting flow chemistry, ChemSusChem. 6 (2013) 746-789.
doi:10.1002/cssc.201200766.

I. Rossetti, Flow Chemistry: New Concepts from Batch to Continuous Organic Chemistry,
Ind. Chem. 2 (2016). doi:10.4172/2469-9764.1000e102.

R. Munirathinam, J. Huskens, W. Verboom, Supported Catalysis in Continuous-Flow
Microreactors, Adv. Synth. Catal. 357 (2015) 1093 —1123.

T.S.A. Heugebaert, B.l. Roman, A. De Blieck, C. V. Stevens, A safe production method for
acetone cyanohydrin, Tetrahedron Lett. 51 (2010) 4189-4191.

L. Kiwi-Minsker, A. Renken, Microstructured reactors for catalytic reactions, Catal. Today.

110 (2005) 2-14.



[17]

[18]

[19]

[20]

[21]

[22]

[23]

[24]

[25]

[26]

[27]

[28]

[29]

[30]

C.N. Satterfield, Mass Transfer in Heterogeneous Catalysis, M.1.T Press, 1970.

L. Forni, I. Rossetti, Fenomeni di Trasporto, Raffaello Cortina Editore, 2009.

D.W. Green, R.H. Perry, Perry’s Chemical Engineers” Handbook, 8th ed., The McGraw-Hill
Companies, Inc, 2008.

A. Cybulski, J. Moulijn, Structured catalysts and reactors, Marcel Dekker Inc., 1998.

K.R. Westerterp, Chemical reactor design and operation, Wiley, 1984.

I. Denci¢, S. de Vaan, T. Noél, J. Meuldijk, M. de Croon, V. Hessel, Lipase-Based
Biocatalytic Flow Process in a Packed-Bed Microreactor, Ind. Eng. Chem. Res. 52 (2013)
10951-10960. doi:dx.doi.org/10.1021/ie400348f.

M.T. Ratering, J. Meuldijk, P. Piet, A.L. German, Quaternised poly (4-vinylpyridine)
anchored on a macroporous resin, as cocatalyst in the cobaltphthalocyanine catalysed
oxidative coupling of 2-mercaptoethanol, React. Polym. 19 (1993) 233—-246.

P.N. Dwivedi, S.N. Upadhyay, Particle-fluid mass-transfer in fixed and fluidized beds, Ind.
Eng. Chem. Process. Des. Dev. 16 (1977) 157—165.

R.R. Kalluri, D.R. Cahela, B.J. Tatarchuk, Comparative heterogeneous contacting efficiency
in fixed bed reactors: Opportunities for new microstructured systems, Appl. Catal. B
Environ. 90 (2009) 507-515.

H.S. Fogler, Elements of Reaction Engineering, third ed., 1999.

S. Yagi, D. Kunii, ., AIChE J. 6 (1960) 97-104.

A. Karim, J. Bravo, A. Datye, Nonisothermality in packed bed reactors for steam reforming
of methanol, Appl. Catal. A Gen. 282 (2005) 101-109.

X. Fan, A.A. Lapkin, P.K. Plucinski, Liquid phase hydrogenation in a structured
multichannel reactor, Catal. Today. 147 (2009) 313—-318. doi:10.1016/j.cattod.2009.07.048.
R.J. Berger, F. Kapteijn, Coated-Wall Reactor Modelings-Criteria for Neglecting Radial
Concentration Gradients. 1. Empty Reactor Tubes, Ind. Eng. Chem. Res. 46 (2007) 3863—

3870.



[31]

[32]

[33]

[34]

[35]

[36]

[37]

[38]

[39]

[40]

[41]

[42]

R.J. Berger, F. Kapteijn, Coated-Wall Reactor Modelings-Criteria for Neglecting Radial
Concentration Gradients. 2. Reactor Tubes Filled with Inert Particles, Ind. Eng. Chem. Res.
46 (2007) 3871-3876.

J.P. Lopes, M.A. Alves, M.S.N. Oliveira, S.S.S. Cardoso, A.E. Rodrigues, Regime mapping
and the role of the intermediate region in wall-coated microreactors, Chem. Eng. Sci. 94
(2013) 166-184.

J.P. Lopes, S.S. Cardoso, A.E. Rodrigues, Criteria for kinetic and mass transfer control in a
microchannel reactor with an isothermal first-order wall reaction, Chem. Eng. J. 176-177
(2011) 3-13.

J.P. Lopes, S.S.S. Cardoso, A.E. Rodrigues, Effectiveness factor for thin catalytic coatings:
improved analytical approximation using perturbation techniques, Chem. Eng. Sci. 71 (2012)
46-55.

V. Gnielinski, ., Forsch. Ing. Wes. Bd. 41 (1975).

E. Tronconi, A. Beretta, ., Catal. Today. 52 (1991) 249-258.

S. Wahid, D.R. Cahela, B.J. Tatarchukand, Comparison of Wash-Coated Monoliths vs.
Microfibrous Entrapped Catalyst Structures for Catalytic VOC Removal, AIChE J. 60 (2014)
3814-3823.

E. Tronconi, A. Beretta, The role of inter- and intra-phase mass transfer in the SCR-DeNO(X)
reaction over catalysts of different shapes, Catal Today. 52 (1999) 249-258.

R.B. Bird, W.E. Stewart, E.N. Lightfoot, Transport Phenomena 2ed. Edition, John Wiley &
Sons, 2001.

S. Roy, T. Bauer, M. Al-Dahhan, P. Lehner, T. Turek, Monoliths as Multiphase Reactors: A
Review, AIChE J. 50 (2004) 2918-2938.

L. Giani, G. Groppi, E. Tronconi, Mass-Transfer Characterization of Metallic Foams as
Supports for Structured Catalysts, Ind. Eng. Chem. Res. 44 (2005) 4993-5002.

S. Budzaki, G. Milji¢, M. TiSma, S. Sundaram, V. Hessel, Is there a future for enzymatic



[43]

[44]

[45]

[46]

[47]

[48]

[49]

[50]

[51]

biodiesel industrial production in microreactors?, Appl. Energy. 201 (2017) 124-134.
doi:10.1016/j.apenergy.2017.05.062.

D. Semyonov, W. Ratchananusorn, 1. Turunen, Hydrodynamic model of a microstructured
plate reactor, Comput. Chem. Eng. 52 (2013) 145-154.
doi:10.1016/j.compchemeng.2012.12.006.

S. Odiba, M. Olea, S. Hodgson, A. Adgar, P. Russell, Computational Fluid Dynamics in
Microreactors Analysis and Design: Application to Catalytic Oxidation of VVolatile Organic
Compounds, J Chem Eng Process Technol. 7 (2016) 297. doi:10.4172/2157-7048.1000297.
W. Wibel, A. Wenka, J.J. Brandner, R. Dittmeyer, Reprint of: Measuring and modeling the
residence time distribution of gas flows in multichannel microreactors, Chem. Eng. J. 227
(2013) 203-214. doi:10.1016/j.cej.2013.05.016.

D. Prieling, H. Steiner, Analysis of the wall mass transfer on spinning disks using an integral
boundary layer method, Chem. Eng. Sci. 101 (2013) 109-119.
doi:10.1016/j.ces.2013.06.034.

Valery Rudyak, A. Minakov, Modeling and optimization of an, Micromachines. 33 (2009)
75-88. doi:10.3390/mi5040886.

K. Wang, Y.C. Lu, Y. Xia, H.W. Shao, G.S. Luo, Kinetics research on fast exothermic
reaction between cyclohexanecarboxylic acid and oleum in microreactor, Chem. Eng. J. 169
(2011) 290-298. doi:10.1016/j.cej.2011.02.072.

J. Chen, W. Song, D. Xu, Computational Fluid Dynamics Simulation of the Thermal
Uniformity in Catalytic Micro-Combustors, Front. Heat Mass Transf. 8 (2017).
doi:10.5098/hmt.8.21.

N.-T. Nguyen, Z. Wu, Micromixers—a review, J. Micromechanics Microengineering. 15
(2005) R1-R16. doi:10.1088/0960-1317/15/2/R01.

F. Fanelli, G. Parisi, L. Degennaro, R. Luisi, Contribution of microreactor technology and

flow chemistry to the development of green and sustainable synthesis, Beilstein J. Org.



[52]

[53]

[54]

[55]

[56]

[57]

[58]

[59]

[60]

[61]

Chem. 13 (2017) 520-542. doi:10.3762/bjoc.13.51.

X. Fan, M.G. Manchon, K. Wilson, S. Tennison, A. Kozynchenko, A.A. Lapkin, et al.,
Coupling of Heck and hydrogenation reactions in a continuous compact reactor, J. Catal. 267
(2009) 114-120. doi:10.1016/j.jcat.2009.07.019.

X. Fan, V. Sans, S.K. Sharma, P.K. Plucinski, V.A. Zaikovskii, K. Wilson, et al., Pd/C
catalysts based on synthetic carbons with bi- and tri-modal pore-size distribution:
applications in flow chemistry, Catal. Sci. Technol. 6 (2016) 2387-2395.
doi:10.1039/C5CY01401H.

H.G. Jolliffe, D.I. Gerogiorgis, Process modelling and simulation for continuous
pharmaceutical manufacturing of ibuprofen, Chem. Eng. Res. Des. 97 (2015) 175-191.
doi:10.1016/j.cherd.2014.12.005.

C.A. Shukla, A.A. Kulkarni, Automating multistep flow synthesis: Approach and challenges
in integrating chemistry, machines and logic, Beilstein J. Org. Chem. 13 (2017) 960-987.
doi:10.3762/bjoc.13.97.

N. Zaborenko, E.R. Murphy, J.G. Kralj, K.F. Jensen, ., Ind. Eng. Chem. Res. 49 (2010)
4132-4139.

J. Hartwig, S. Ceylan, L. Kupracz, L. Coutable, A. Kirschning, ., Angew. Chem., Int. Ed. 52
(2013) 9813-981.

I.R. Baxendale, J. Deeley, C.M. Griffiths-Jones, S. V. Ley, S. Saaby, G.K. Tranmer, ., Chem.
Commun. (2006) 2566—2568.

L. Biggelaar, P. Soumillion, D. Debecker, Enantioselective Transamination in Continuous
Flow Mode with Transaminase Immobilized in a Macrocellular Silica Monolith, Catalysts. 7
(2017) 54. doi:10.3390/catal7020054.

M. Rahimi, B. Aghel, M. Alitabar, A. Sepahvand, H. Ghasempour, Optimization of biodiesel
production from soybean oil in a microreactor, Energy Convers Manag. 79 (2014) 599-605.

Z. Wen, X. Yu, S.-T. Tu, J. Yan, E. Dahlquist, Intensification of biodiesel synthesis using



[62]

[63]

[64]

[65]

[66]

[67]

[68]

[69]

[70]

[71]

zigzag micro-channel reactors., Bioresour Technol. 100 (2009) 3054-3060.

D.-T. Tran, Y.-J. Lin, C.-L. Chen, J.-S. Chang, Modeling the methanolysis of triglyceride
catalyzed by immobilized lipase in a continuous-flow packed- bed reactor, Appl Energy. 126
(2014) 151-160.

K. Jegannathan, C. Eng-Seng, P. Ravindra, Economic assessment of biodiesel production:
comparison of alkali and biocatalyst processes, Renew Sustain Energy Rev. 15 (2011) 745—
751.

E. Calleri, C. Temporini, F. Gasparrini, P. Simone, C. Villani, A. Ciogli, et al., Immobilized
trypsin on epoxy organic monoliths with modulated hydrophilicity: Novel bioreactors useful
for protein analysis by liquid chromatography coupled to tandem mass spectrometry, J.
Chromatogr. A. 1218 (2011) 8937-8945. doi:10.1016/j.chroma.2011.05.059.

A. Liu, L. Yang, C.H.-H. Traulsen, J.J.L.M. Cornelissen, Immobilization of catalytic virus-
like particles in a flow reactor, Chem. Commun. 53 (2017) 7632-7634.
doi:10.1039/C7CC03024J.

T. Noel, S.L. Buchwald, ., Chem. Soc. Rev. 40 (2011) 5010-5029.

E. O’Neal, C. Lee, J. Brathwaite, K. Jensen, Continuous nanofiltration and recycle of an
asymmetric ketone hydrogenation catalyst., ACS Catal. 5 (2015) 2615 2622.

L. Peeva, J. Da Silva Burgal, Z. Heckenast, F. Brazy, F. Cazenave, A. Livingston,
Continuous consecutive reac- tions with inter-reaction solvent exchange by membrane
separation., Angew Chem Int Ed. 55 (2016) 13576— 13579.

M. Weck, C. Jones, Mizoroki-Heck coupling using immobilized molecular precatalysts:
leaching active spe- cies from Pd pincers, entrapped Pd salts, and Pd NHC complexes., Inorg
Chem. 46 (2007) 1865-1875.

B.M. Trost, V.L. Van Vranken, B. M. Trost, V. L. Van Vranken, Chem. Rev. 96 (1996) 395—
422.

G. Poli, G. Prestat, F. Liron, C. Kammerer-Pentier, G. Poli, G. Pre- stat, F. Liron, C.



[72]

[73]

[74]

[75]

[76]

[77]

[78]

[79]

Kammerer-Pentier, Top. Organomet. Chem. 38 (2012) 1- 64.

R. Widehem, T. Lacroix, H. Bricout, E. Monflier, R. Widehem, T. Lacroix, H. Bricout, E.
Monflier, Synlett. 5 (2000) 722—724.

C. Cazorla, M. Billamboz, H. Bricout, E. Monflier, C. Len, Green and Scalable Palladium-
on-Carbon-Catalyzed Tsuji—Trost Coupling Reaction Using an Efficient and Continuous
Flow System, European J. Org. Chem. 2017 (2017) 1078-1085.
doi:10.1002/ejoc.201601311.

C. Len, S. Bruniaux, F. Delbecq, V. Parmar, Palladium-Catalyzed Suzuki—Miyaura Cross-
Coupling in Continuous Flow, Catalysts. 7 (2017) 146. doi:10.3390/catal7050146.

D. Cantillo, C.O. Kappe, Immobilized Transition Metals as Catalysts for Cross-Couplings in
Continuous Flow—A Critical Assessment of the Reaction Mechanism and Metal Leaching.,
ChemCatChem. 6 (2014) 3286-3305.

V. Pascanu, P.R. Hansen, A. Bermejo-Gomez, C. Ayats, A.E. Platero-Prats, M.J. Johansson,
et al., Highly functionalized biaryls via Suzuki-Miyaura cross coupling catalyzed by
Pd@MOF under batch and continuous flow regimes., ChemSusChem. 8 (2015) 123-130.
R.K. Jensen, N. Thykier, M. V. Enevoldsen, A.T. Lindhardt, A High Mobility Reactor Unit
for R&D Continuous Flow Transfer Hydrogenations, Org. Process Res. Dev. 21 (2017) 370—
376. doi:10.1021/acs.oprd.6b00441.

Y. Monguchi, T. Ichikawa, H. Sajiki, Reversal or Control of the Innate Reactivity of
Functional Groups Recent Development of Palladium-Supported Catalysts for
Chemoselective Hydrogenation, Chem. Pharm. Bull. 65 (2017) 2-9. doi:10.1248/cpb.c16-
00153.

G.M. Lari, O.G. Groninger, Q. Li, C. Mondelli, N. Lépez, J. Pérez-Ramirez, Catalyst and
Process Design for the Continuous Manufacture of Rare Sugar Alcohols by Epimerization—
Hydrogenation of Aldoses, ChemSusChem. 9 (2016) 3407-3418.

doi:10.1002/cssc.201601670.



[80]

[81]

[82]

[83]

[84]

[85]

[86]

S. Lima, D. Chadwick, K. Hellgardt, Towards sustainable hydrogenation of 5-
(hydroxymethyl)furfural: a two-stage continuous process in aqueous media over RANEY?
catalysts, RSC Adv. 7 (2017) 31401-31407. doi:10.1039/C7RA03318D.

L. Miao, Y.Z. Zhu, H.F. Wang, Nickel-decorated Fe304 nanoparticles as recyclable
magnetic self-stirring nanocatalysts for microreactions, ACS Sustain. Chem. Eng. 5 (2017)
1864-1870. doi:10.1021/acssuschemeng.6b02581.

H. Pennemann, G. Kolb, Review: Microstructured reactors as efficient tool for the operation
of selective oxidation reactions, Catal. Today. 278 (2016) 3-21.
doi:10.1016/j.cattod.2016.04.032.

T. Inoue, K. Ohtaki, S. Murakami, S. Matsumoto, T. Inoue, K. Ohtaki, S. Murakami, S.
Matsumoto, Fuel Process. Technol. 108 (2013) 8.

V. Russo, T. Kilpid, J.H. Carucci, M. di Serio, T. Salmi, V. Russo, T. Kilpid, J.H. Carucci,
M. di Serio, T. Salmi, Chem. Eng. Sci. 134 (2015) 563.

K. Yube, M. Furuta, K. Mae, K. Yube, M. Furuta, K. Mae, Catal. Today. 125 (2007) 56.

N. Wang, T. Matsumoto, M. Ueno, H. Miyamura, S. Kobayashi, N. Wang, T. Matsumoto, M.

Ueno, H. Miyamura, S. Kobayashi, Angew. Chem. Int. Ed. 48 (2009) 4744.

Figure captions

Fig. 1: Classification of heterogeneously catalysed microreactors: a) fixed bed; b) micromonoliths;

c) wall coated microchannels.

Fig. 2: Effect of fillers on fluid flow and concentration profiles for microchannel reactors.

Fig. 3: Scheme of the main mass transport issues in microchannel wall coated reactors.



Fig. 4: Example of 2D concentration profile of a reactant, fed in a wall coated microchannel with
variable r (1,5,10 mm, top three figures) or kinetic constant (k= 0.001, 0.01, 0.1 or 1 s). The first
order reaction occurs at channel wall with a first order kinetics. The system has been numerically
solved considering a backward finite differences scheme, with 20 grid points in the radial direction

and 50 points in the axial one [I. Rossetti, unpublished results].

Fig. 5: Contour plots of the temperature and water mass fraction for the catalytic combustion of
hydrogen-air mixtures. The parameters used are Uin = 0.8 m/s, s = 0.8 W/(m-K), h, = 20 W/(m?-K),
and a stoichiometric feed. Reproduced from [49] under the terms of the Creative Commons

Attribution License.

Fig. 6: Temperature and conversion profiles along the wall and axis for the catalytic combustion of
hydrogen-air mixtures. Reproduced from [49] under the terms of the Creative Commons Attribution

License.

Fig. 7: Multistep synthesis of olanzapine [57]. A) Reactions scheme and B) process layout and control
logic for the continuous plant [55]. Dotted reactors represent fixed bed catalytic steps, open rectangles
are homogeneous reaction steps. Reproduced from [55] under the terms of the Creative Commons

Attribution License.

Fig. 8: Multistep synthesis of (x)-Oxomaritidine [58]. A) Reactions scheme and B) process layout
and control logic for the continuous plant [55]. Dotted reactors represent fixed bed catalytic steps,
open rectangles are homogeneous reaction steps. Reproduced from [55] under the terms of the

Creative Commons Attribution License.



Fig. 9: Suzuki—-Miyaura cross coupling scheme in a flow system using H-Cube®, as summarised by

Len et al. [74]. Reproduced from [74] under the terms of the Creative Commons Attribution License.
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